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Abstract-An experimental and computational study of evaporation into superheated steam from porous 
particles, which form a packed bed, is performed. The goal of the study is to develop a predictive model 
of the drying process in packed beds with steam as the drying medium. The direct experimental measurement 
using load cells of the weight of alumina particles of various diameters in a packed bed during the drying 
process produced a complete continuous drying curve. A range of experimental conditions are examined, 
and a correlating equation for the overall heat transfer coefficient developed. Evaporation from a single 
spherical porous particle is modeled as occurring at a receding liquid/vapor interface within the particle. 
The drying process in a single particle is assumed to be thermally controlled. The single particle model is 
incorporated into an overall model for drying in a packed bed. The model predicted overall and local 
drying rates, as well as transient temperature distributions in the packing. The results of this study indicate 
that drying in a packed bed of significant depth occurs in three phases. The three phases of drying 
correspond to periods where the entire bed is in the constant drying rate regime, portions of the bed have 
entered the falling rate regime, and the entire bed is in the falling rate regime, respectively. The existence 
of these phases of drying are confirmed by both measured temperature distributions and measured drying 
rates. Predictions of the overall drying rate from the model show favorable agreement with measured 

drying curves. 

INTRODUCTION 

DRYING is one of the most important, energy intensive 
industrial processes. The drying process consumes 
much of the energy used in several industries, includ- 
ing textiles and pulp and paper and the food industry. 
Some form of dehydration is carried out in almost 
all chemical processing industries. It is clear that the 
development of more effective drying processes will 
provide for energy conservation, and in some cases 
will have significant economic impact. Superheated 
steam drying of solids presents numerous distinct 
advantages over conventional air drying, especially 
for products which are not tem~rature sensitive. 
There are two basic approaches to the use of steam as 
a drying medium. In the direct drying process, steam 
contacts the material being dried. Generally this 
material is porous and in granular form or in thin 
layers, such as paper or textiles. Indirect drying 
involves the transfer of energy through an inte~ening 
surface ; possible geometries include tube bundles or 
steam jackets. The thermal conductivity of porous 
materials greatly decreases with decreasing moisture 
content, and thus indirect drying is not effective in 
achieving a high degree of dryness. A candidate 
approach to steam drying involves multiple effect 
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dryers, where both direct and indirect drying is used to 
provide efficient energy utilization. For such a drying 
process, the steam exiting the initial stage of drying 
could be recompressed, and if necessary reheated, and 
subsequently recycled to another stage of the drying 
process. Significant energy savings may thus be real- 
ized, as discussed by Potter [I]. Currently operating 
plants world-wide have experienced significant energy 
savings, over conventional air drying, using steam as 
the drying medium. 

The present study is directed towards the char- 
acterization of the drying of moist porous granular 
solids in a packed bed dryer, using steam as the work- 
ing fluid. Previous studies of air drying in packed 
beds concentrated mainly on the determination of an 
expression for the convective heat transfer coefficient, 
or the overall drying rate. The objectives of the present 
study include the development of a model for packed 
bed drying in superheated steam, and the experimental 
investigation of the drying rate and heat transfer in a 
superheated steam packed bed dryer. It is desired to 
model the drying process under conditions where the 
drying rate is thermally controlled, or in other words 
the rate of evaporation from an individual particle is 
determined solely by the convective heat transfer at 
the surface and conduction through the particle to 
a receding liquid/vapor interface. The experimental 
study provides the continuous measurement of the 
total weight of the packed bed. with simultaneous 
measurement of the temperature distribution in the 
bed. As far as is known, no previous study has directly 
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NOMENCLATURE 

I1 surface area per unit volume in packed T: temperature (dimensionless) at the ith 
bed radial node and the jth time step 

c specific heat capacity r: free stream temperature 
c 
B”i 

reference specific heat T, dimensionless free stream temperature, 
Biot number see equation (3) 

Bi, Biot number, hR’/k, Ti, dimensionless surface temperature of the 
Bil Biot number, hR’/k, particle at the ith grid point and the 
I? heat transfer coefficient jth time step 
h 
h_@ 

latent heat of vaporization u axial fluid velocity in packed bed 
thermal conductivity axial coordinate 

k; axial effective thermal conductivity 2.X axial spatial increment. 

k, reference thermal conductivity 
N number of grid locations; the Nth grid Crreek symbols 

location is at the surface of the sphere s defined parameter (see equation (2)) 

P distance of interface location from (-: void fraction within the packed bed 

nearest grid location in the direction P density 

of surface of the sphere PI liquid density 

r radial coordinate, r’/R’ [dimensionless] I)n reference density 

1.’ radial coordinate [dimensional] 4 void fraction within an individual 

I’0 radial location of the drying interface. 
particle 

r;,/R’ [dimensjonless] 
I 

r0 dimensional radial Location of the drying Z 

fluid temperature 
ratio of moisture content to initial 

interface moisture content. 

Al radial spatial increment Subscripts 
R’ sphere radius 1 wet region 
t’ time [dimensional] 2 dry region 
t dimensionless time -I free stream convective environment 
At time step 0 reference (saturated steam at 23.89&C) 
T solid temperature [dimensionless] in initial 
T dimensional solid temperature sat saturation. 

and continuously measured the drying of a packed 
bed of porous particles in a steam environment. The 
flow rate of steam to the bed, the size of the particles. 
and the degree of superheat were studied over an 
appropriate range. The model predictions for drying 
rate were compared with measured data. 

BACKGROUND 

The drying of moist porous solids involves numerous 
complex processes ; accordingly, drying behavior can 
be intluenced by a large number of independent vari- 
ables, including such factors as solid density, per- 
meability, and hygroscopicity. Although drying pro- 
cesses have historically been very common, and 
generally consume significant quantities of energy, 
fundamental research into the drying process was not 
carried out until the beginning of this century. The 
first engineering analysis of drying was performed by 
Lewis [2]. who postulated that drying occurred in two 
processes: diffusion of moisture to the surface from 
the interior of the solid, and subsequent evaporation 
of the moisture from the surface of the solid. Sher- 
wood [3] and Gilliland and Sherwood [4) applied the 

diffusion theory to the drying of solids. At about the 
same time, the soil science community realized the 
importance of capillarity in the migration of moisture, 
and thus in the drying process [.5, 61. In describing 
drying in terms of diffusion or capillary theories, the 
role of heat transfer in the drying process was 
neglected. Krischer [7] explicitly considered the 
importance of energy transport in the drying process. 
Phillip and De Vries [8] extended the previous treat- 
ments of drying to include the effects of capillary flow 
and vapor transport, and incorporated the thermal 
energy equation into the set of governing equations 
that describe the drying process. Empirical input was 
necessary for closure of the model. 

More recently, numerous studies have addressed 
the drying problem. A mathematical model of drying 
in a rectangular two-dimensional geometry was 
developed by Berger and Pei [9]. In this geometry, the 
top surface was exposed to a convective environment, 
and the other three faces were insulated; a com- 
putational solution was accomplished. Luikov [lo] 
developed a model of the drying process by assuming 
that the transfer of moisture is analogous to heat 
transfer, and that capillary transport is proportional 
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to gradients in moisture and temperature. The result- 
ing transport coefficients require extensive exper- 
imental determination. Stanish et al. [1 1] addressed 

the problem of drying of hygroscopic media; the 
objective of this work was to develop a reliable, 
realistic model of the phenomenon. Their proposed 
model includes the combination of all pertinent trans- 
port mechanisms into a single generalized model. Min 
and Emmons [12] and Dayan and Gluekler [ 131 have 
modelled drying in terms of evaporation from a reced- 
ing interface in a semi-infinite strip, under intense 
drying conditions. 

The concept of superheated steam drying was exam- 
ined in a limited way by Hausbrand [14]. Wenzel and 
White [15] provided a quantitative basis for com- 
paring air and steam as drying media for granular 
materials. In this early examination of steam drying, 
it was concluded that steam does not alter the general 
characteristics of drying, and that the drying rate was 
limited only by the heat transfer coefficient. Yoshida 
and Hyodo [16] and Hasan et al. [17] investigated 
steam drying in terms of an inversion temperature. 
The inversion temperature is the temperature above 
which steam drying is faster than air drying. 

The mathematical description of drying in a super- 
heated steam environment has received some recent 
attention. Loo and Mujumdar [18] developed a simu- 
lation model for combined impingement and through 
drying of paper, using steam as the drying medium. 
Meunier and Munz [ 191 developed a one-dimensional 
model of a flash dryer operating in the constant drying 
rate period. Salin [20] provided quantitative analysis 
of wood drying in superheated steam. None of these 
analyses have addressed steam drying in a packed bed 
geometry. 

Kato et al. [21] investigated a packed bed dryer 
using air as the drying medium ; a model of the drying 
rate in a packed bed was developed, and combined 
with heat transfer data to predict the drying of acti- 
vated alumina. The effects of superficial gas velocity, 
bed height, particle diameter, and inlet gas tem- 
perature on the drying characteristics were inves- 
tigated. Hasatani and Arai [22] derived the basic 
differential equations controlling the temperature and 
concentration fields in a packed bed of fine particles, 
and solved the equations for a general case of unsteady 
heat and mass transfer to air. 

Two recent studies have modeled drying as occur- 
ring at a receding interface between wet and dry 
regions in a spherical geometry. Agarwal et al. [23] 
modeled the drying and devolatization of a spherical 
coal particle in a fluidized bed. This study models the 
evaporation process as occurring at a receding front 
within the coal particle ; the temperature distribution 
in the dry region is determined from an approximate 
temperature profile in the particle and a pseudo- 
steady model of the surface temperature. Cheong et 
al. [24] modeled the drying of slurry droplets where 
the drying slurry formed a crust of solid material. ln 
this model. the interface temperature is not pre- 

scribed; a linear temperature profile was assumed 
within the solid crust, while the central region is 
modeled as a lumped thermal capacitance system. 

EXPERIMENTAL INVESTIGATION 

The experimental apparatus was designed to pro- 
vide a controlled, measured flow rate of superheated 
steam, at a known thermodynamic state, to the packed 
bed test section. A schematic drawing of the exper- 
imental apparatus is shown in Fig. 1. Steam was sup- 
plied from the university physical plant at a pressure 
of 830 kPa, and a quality of 90-95%. The supply 
steam was expanded in a pressure regulator to the 
working pressure of 13&210 kPa. The steam then 
passed through an ERDCO series 400 steam flow 
meter used to monitor the flow rate for control pur- 
poses, and through a flow regulating valve. The 
regulated steam then passed through two circulation 
type steam superheaters, each with a capacity of 9 kW. 
A temperature controller ensured that the steam 
temperature remained within 0.6’C of the set point 
during an experimental run. Upon leaving the super- 
heaters, the steam entered the test section or flowed 
through a by-passs during the start-up of the appar- 
atus. By-passing of the steam and preheating of the 
housing using guard heaters allowed essentially a step- 
change inlet condition to the test bed to be achieved. 
The steam flow rate was observed to be steady within 
2% during any experimental run. The guard heaters 
essentially eliminated radial heat transfer within the 
test bed: energy losses without guard heating were 
less than 4% of the superheat energy content of the 
steam, and essentially negligible with controlled guard 
heating. 

Steam 
- 

I+---+= 

n SUPPlY 
su!JEm-lEATER 

“‘I - FIOW Safetv Gate Pressure 
valve valve “a,“* regulator 

FIG. I. Schematic of the experimental facility 
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FIG. 2. Details of the test section design. 

In order to provide a uniformly distributed flow of 
steam across the cross section at the inlet to the packed 

bed, a porous sintered stainless steel plate having 20 
pm pores was mounted at the flanged connection of 
the test section, upstream of the bed. The test section 
was composed of a housing made of stainless steel 
pipe (25.4 cm diameter), and a test bed. The cylindrical 
test bed was made of 18 gage aluminum sheet, with 
the particles supported at the bottom by a perforated 
plate. As shown in Fig. 2, the test bed was isolated 
from the stainless steel housing, and supported by a 
protruding flange at the top. This flange rested on two 
compression type miniature load cells [ELF-SOOW- 
20(HW/12)], manufactured by Entran Devices, Inc., 

Fairfield, New Jersey. The load cells were custom 
designed to withstand a steam environment of 300°C. 
The load cells were placed on two seats welded to the 
test section housing, as shown in the figure. To prevent 
steam from flowing between the test bed and the hous- 
ing, a flow diverter was installed at section B-B, and 
appropriately sealed to the test bed in such a way as 
to not influence the load cell output. 

The parameters measured during an experimental 
run were the mass flow rate of steam, the weight of 
the test bed, as measured by the load cells, the inlet 
steam conditions, and the temperature distribution 
within the packing of particles. The temperature com- 
pensated load cells provided a continuous record of 
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the weight of the packing particles. Output from the 
load cells was monitored by Keithley Mode1 179A 
multimeters, with 0.01 mV resolution. The load cells 
were calibrated prior to installation, and the cali- 
bration ~r~odically confirmed. The temperature of 
the particles were measured using eleven 40-gage J- 
type thermocouples, with eight placed axially along 
the centerline of the packed bed, and three at various 
other radial locations. Three thermocouples were 
placed inside the particles and five in the steam 
environment touching the surface of the particles; 
the thermocouple wires were fed into the test section 
housing through two Conax feed-throughs. A 0.16 
cm (0.0625 in.) tube was placed vertically along the 
centerline of the bed to position the thermocouples. 
A data acquisition system having a voltage measuring 
capability of 0.5 V with a resolution of 12 bits, plus 
the sign bit, was calibrated and used to record the 
thermocouple data. The pressure in the test section 
was measured using a Heise absolute pressure gage, 
having a least division of 0.345 kPa (0.05 psia). Press- 
ure fluctuations of 0.69 kPa (0.1 lbf in.p2) were 
observed during experimental runs. The steam leaving 
the test section was condensed, and the average flow 
rate determined by directly measuring the collection 
rate over a specified time period. 

The weight of the alumina particles was inde- 
pendently determined using a Mettler P-22 balance, 
having a least division of 0.1 g. The particles were 
weighed at room conditions, after oven drying, and 
after soaking in distilled water for various periods of 
time. The particles were soaked in distilled water for 
24 h prior to each experimental run; additional time 
did not result in any further change in weight of the 
particles. The drying experiment was concluded when 
the load cell readings showed no further change in 
weight. After each experimental run the test section 
was dismantled, and the dried particles re-weighed on 
the balance to confirm the load cell results. Agreement 
between the load cell output and the values measured 
by the balance was excellent, within 1% for all runs. 
Also. the particles were placed in an oven at 150°C to 
determine the remaining moisture after steam drying. 
Additional weight loss after steam drying was never 
greater than 0.5% of the dry weight of the particles, 
which corresponds to a maximum of 1.5% of the 
initial moisture content. 

MODEL 

The goal of the present model is to describe the 
drying process in a packed bed where the working 
fluid or drying medium is superheated steam, The 
drying process in a packed bed may begin with the 
packing temperature below the ~turation tem- 
perature of the steam. As such, condensation may 
occur in the bed during start-up. Condensation is 
modeled in the present study at any point where heat 
transfer occurs from the steam to the particles after 
the steam has cooled to the saturation temperature. 

When drying with superheated steam, the local rate 
of vapor transport at the particle surface is not limited 
by mass transfer resistance, as would be the case in 
air drying, and thus the rate of evaporation from the 
surface is heat transfer limited. The current model 
employs volume averaged equations for the porous 
medium formed by the discrete particles. The heat 
transfer from the steam to the particles is described 
by a convective boundary condition at the particle 
to fluid interface; thus the driving potential for this 
heat transfer is the temperature difference between the 
particle surface and the steam. 

Traditionally, theeffect ofintraparticle temperature 
gradients (particle Biot number effects) have been 
modeled through modifications to the heat transfer 
coefficient [25]. In the present model, this approach 
was deemed insufficient and an alternative procedure 
proposed. For the present study, the surface tem- 
perature of a single particle is predicted and incor- 
porated into the volume averaged equations govern- 
ing the fluid temperature in the packed bed. The single 
particle model will first be described, and subsequently 
the model for the packed bed, which incorporates the 
results of the single particle model. 

Single particle model 
The drying of a single spherical porous particle 

which is initially saturated with a liquid is modeled. 
The model proposed here assumes that heat transfer 
is the controlling mechanism for drying, that drying 
occurs from a receding interface between a wet and 
dry region within the particle, and that no liquid is 
transported to the surface of the particle during the 
drying process. Recent studies indicate that thin film 
evaporation within the pores of a material being dried 
may play an important role in the constant drying 
rate period [26,27], and that liquid transport may not 
be the dominant factor during constant rate drying. 
The present model assumes a spherical porous particle 
having a known initial temperature distribution and 
moisture content, and subject to a uniform convective 
environment of superheated vapor of the same liquid 
as contained in the particle. For simplicity, the liquid 
and vapor will be discussed as if they were water, but 
the analysis is not restricted to any particular liquid. 
The particle is assumed to have a void fraction, 4, 
defined as the ratio of the volume within the particle 
occupied by water (liquid + vapor) to the total 
volume. Drying begins when the surface temperature 
of the particle reaches the saturation temperature, 
for the present model assumed to be the saturation 
temperature for pure water, neglecting pressure 
changes within the particle and adsorption. The dry- 
ing interface is assumed to be at this saturation tem- 
perature. Conduction occurs from the particle surface 
to the drying interface, and from the drying interface 
to the interior of the particle. After the drying interface 
has moved into the particle, the particle would exist 
in the condition shown in Fig. 3. Region I contains 
liquid water in the porous solid; the water is evap- 
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FIG. 3. Id~nti~c~tion of drying regions for a spherical particle. 

orating at the interface between Regions I and II. 
Capillary forces within the pores are assumed neg- 
ligible, so that no liquid is transported to the surface 
of the particle by this mechanism. Evaporation from 
the drying interface is a result of heat transfer from 
the surface of the particle to the interface. This heat 
transfer occurs by conduction through the porous 
material which comprises the particle. 

The following non-dimensional variables are 
defined for the spherical geometry 

as the non-dimensional distance, time, and tempera- 

and at r = 0 

C’T 
~- = 0 

& 

with the initial condition T = I 
interface 

dr,, _1 iiT ’ 

dt = II , $7 +j’z 

where 

(4 

at r= 0. At the 

(6) 

ture, respectively. The governing equations may then 
be written 

The temperature boundary condition at the interface 
is T = 0 at r - r<,(t). Equations (l)-(6) comprise 

Li? _1 
!$+:>y=/Y,g. t>O: O<r<rr,(t) 

the governing equations and boundary conditions, 
in non-dimensional variables, which describe the 
temperature distribution and location of the drying 

$+sF=/i?t:, t>O; r,(t)<r< 1.0 (2) 
interface for a spherical particle. 

Solution of the model proposed above is 

where 

@, = :I‘ FL{;, p2 &=_ 
, 0 1 0 

The boundary condition at r = 1 is 

accomplished using finite differences. Several numeri- 
cal schemes relating to moving boundary problems 
have been proposed. which differ primarily in the way 
they treat both the moving interface and the estab- 
lishment of a grid. The numerical solutions to these 
problems are easier to implement for fixed tem- 
perature external boundary conditions ; convective 

?T 
boundary conditions, as in the present case, may give 

iir 
= --Bi, T-Bi, T,, r,(t) = 1.0 rise to numerical instabilities as noted by Shamsundar 

[28]. Numerical methods for a one-dimensional mov- 

8T 
--El T-Bi? T,,. To(t) < 1.0 (3) 

ing boundary problem have been classified by Crank 
-= 
?r and Gupta [29] as fixed grid methods or variable grid 

methods. Variable grid methods are those where either 
where the grid size or the time step is varied such that the 
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moving interface is located on a grid line at each 

successive time step. Douglas and Gallie [30] and 

Gupta and Kumar [31] examined methods using vari- 
able time steps. Murray and Landis [32] kept the 

number of spatial intervals between the boundary and 
the moving interface constant, and since the number 
of nodes is constant, the grid spacing changes with 
time. Crank and Gupta [29] avoided the com- 
plications due to unequal grid size near the moving 
boundary by moving the entire uniform grid system 
with the velocity of the moving boundary. 

In fixed grid methods. the phase-change interface 
will usually be located between two neighboring grid 
points. Crank [33] used interpolation of the Lagrang- 
ian type on three points near the interface, and 

developed an explicit solution method. Lazaridis [34] 
used explicit finite-difference approximations on a 

fixed grid to solve two-phase solidification problems 
in both two and three dimensions. 

For the present solution, the sphere is divided into 

N equally spaced divisions with spacing Ar. The 
Crank-Nicholson method is used to expand equation 

(2) in finite-difference form as 

when (iAr) < r,(t) (7) 

!sT:‘:_ [2+?!3g]T:tlf&T/z; 

= _!I&+ [2_w]*{_i;TT:,, 

when (iAr) > r”(t). 

These equations are not valid for the nodal points 

adjacent to the moving interface. The location of the 
evaporation front is determined at each time step by 
evaluating the interface condition. Different finite- 
difference formulations are necessary at the moving 
interface, and for the case where the interface crosses 
a nodal location during a time step. Further details of 
the model development may be found in ref. [35]. 

The finite-difference form of the equation for the 

location of the moving boundary is developed by 
using the Lagrangian interpolation formulas [36] for 
the derivative of temperature. When a three point 
interpolation formula is used. the interface is deter- 
mined by 

dro 
~ = &A$+‘-I,A’,+’ 
dt 

(8) 

p 

T 
j+i 

I ncreosing 
Time 

FIG. 4. Computational grid and time domain. 

1 l-p’+ 2-p/+’ 

Al = m 2-p:+’ Ti:‘, - ~~ - I _p,+, T::‘, 
I 

T’E’- ‘, + ’ + “+ ’ T,+ , 
p,+ 1 A 1 

(9) 

The computational grid and time domain are shown 
in Fig. 4. When P j+ ’ is very small or is very close to 
1, the interpolation formulas become unstable. Under 
this condition, the interface node is eliminated from 

the interpolation scheme for the temperature. 

Packed bed model 
For the packed bed, it was assumed that the average 

flow was one-dimensional, and that the temperature 
distribution in the fluid phase could be described by 
a volume averaged form of the energy equation [37] 

When drying a particle with superheated vapor. there 
is no mass transfer resistance, and thus the rate of 
evaporation is determined solely by the rate of heat 
transfer to the drying interface [18]. The equation 
describing the steam temperature distribution is 
approximated by a fully implicit finite-difference 
equation. The preservation of the transportive prop- 

erty for the convective term through upwind differ- 
encing is necessary for the convergence of the 
implicit formulation. The resulting finite-difference 
equation for the steam temperature is, for the general 
node 

-Bx;=,’ = x:+C(T:,)‘+’ (11) 

where 

u(At) 
A = (Ax) ’ 

k;(At) 

B = pc(A.x)’ ’ 
c = WW ~ (12) 

PC& 

With the surface temperature of the solid as input 
from the single particle model, the resulting tri- where 
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diagonal coefficient matrix can be solved directly using 
the Thomas algorithm [38]. 

The transient solution begins with an initial tem- 
perature distribution in the solid and fluid phases 

within the bed. and a specified inlet condition for the 
steam flow. The solution follows a predictor-cor- 
rector algorithm for which the first step in the solution 
procedure is determining the steam temperature at the 
future time step, including checking for condensation. 
The single particle model is then solved at each grid 
point in the packed bed, and the drying conditions of 
the single particle determined. The steam temperature 
can then be updated based on the calculated particle 
surface temperatures. These steps are repeated at one 
location in time until convergence in the surface tem- 
perature is achieved. The solution procedure may then 

step forward in time. to once again be repeated to 
convergence. 

RESULTS 

The present study involved experimental measure- 
ments of overall drying rates and temperature dis- 
tribution in a packed bed, and computational pre- 
dictions of both evaporation from a single particle, 
and the overall drying rate in a packed bed. Drying 
experiments were performed for a range of Reynolds 
numbers, achieved by changes in the steam flow rate, 
the particle size and the inlet steam conditions. 

Some basic assumptions are implicit in the analysis 
of the experimental data and presentation of the 
experimental results : 

(1) The steam inlet temperature and flow rate are 
constant. As measured, the steam temperature at the 
bed inlet and the mass flow rate did not change by 
more than 0.3 and 3%, respectively, from the set point 
values. 

(2) Energy losses from the walls of the test section 
were negligible, resulting in no radial heat transfer. 
The temperature variations were less than 2% of the 
total temperature rise above the initial conditions in 

the bed. 
(3) Axial conduction in the bed was negligible 

(neglected for analysis of the experimental data, but 
included in the model for generality) : the Peclet num- 
ber was determined to be sufficiently high that axial 
convective transport dominated for the flow rates 
tested. Values of the Peclet number ranged from 1245 
to 22 15 in this study. 

(4) The fluid-to-particle heat transfer coefficient was 
the same for all phases of drying. 

(5) The effect of fluid momentum or pressure drop 
on the measured bed weight was determined to be 
negligible; in addition, the mass evolution did not 
appreciably increase the flow rate as the steam passed 
through the bed. 

Results from the single particle model 

The numerical model for evaporation from a single 
particle into superheated vapor was compared to 

TIME (SECONDS) 

FIG. 5. Comparison of drying predictions from the present 
model and that of Agarwal et al. [23]. 

existing solutions and the convergence of the routine 

demonstrated through computational experiment. In 
the limiting case when the volume fraction of liquid 
in a single particle is 1. the problem reduces to a 
classical Stefan problem. Comparisons with the solu- 

tions of Tao [39] were made, and the predictions of 
the present model, with the volume fraction of liquid 
equal to 1. were identical to those of Tao. 

Agarwal et al. [23] modeled the drying problem in 

a spherical geometry using a pseudo-steady approxi- 
mation for the surface temperature, and assuming no 
heat transfer to the wet core. A comparison between 
the present model and Agarwal et al.‘s results is pre- 
sented in Fig. 5. Input values are listed in Table 1. As 
expected, heat transfer to the core region (Region I) 

reduces the drying rate in the early stages of drying 
below that predicted by Agarwal et al. [23]. In contrast 
to previous models. the present model predicts the 
temperature distribution within the particle during 
drying, in both the wet and dry regions. 

Figure 6 shows the temperature distributions at the 

point in time when evaporation first begins in the 
particle, or when the surface temperature first reaches 
saturation. The particle begins from a uniform initial 
temperature. For increasing Biot number, the tem- 

Table 1. Input property values for comparison with Agarwal 
et al. [33] 

Solid Liquid 

t( = 0.1 mm’s ’ C=l.OCd-’ c ’ 
C’ = 0.35 Cal g- ’ c ’ 
(1 = 1.15gcm~’ 

h,, = 570 cal g- ’ 
p=lgcm ’ 

d, =4mm k=0.614Wm ' Cm' 
Bi,, = 4 T, = 800 K 

f#J = 0.375 
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FIG. 6. Temperature distribution corresponding to the start 
of drying for three Biot numbers. 

perature differences within the particle are larger. Fig- 
ure 7 shows the temperature distributions for three 
Biot numbers after the location of the interface 
between the wet and dry regions has moved 25% of 
the radius into the particle. Even after this much dry- 
ing has occurred, the wet core region of the particle 
may not be uniform at the saturation temperature. 

Packed bed model 
The single particle model was incorporated into a 

general model for packed bed drying. To demonstrate 
the validity of the model predictions, the com- 
putational routine was examined for both spatial and 
temporal convergence, and an energy balance was 
performed at each time step. Results from this model 
with the volume fraction of liquid within the particle 
set to zero were also compared with the experimental 
results of Vanden Broek and Clark [40]. They mea- 
sured temperature distributions in a packed bed sub- 
ject to a step change in inlet fluid temperature. Com- 
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FIG. 7. Temperature distribution corresponding to a drying 
interface location of t-h/R' = 0.25, for three Biot numbers. 

parisons between measured and computed values 
were consistent with those of previous models [41]. 

These studies demonstrated that the computational 

routine was consistent with the proposed finite- 

difference equations, and that the predictions rep- 
resented accurately a converged solution to the 
governing equations. 

The time step for the routine was chosen such that 
the moving interface within the particle did not cross 
two spatial grid locations during one time step. An 
optimum time step for each particle size was deter- 
mined by performing computational experiments with 
the single particle model. For example. for the particle 
size of 1 .l cm diameter, it was determined that a 

time step of 1 s and 32 spatial grid locations were 
appropriate, as there was no appreciable difference in 
the result if the time step was reduced or the number 
of spatial grid locations increased. The single particle 
time step was more limiting than the time step required 
for convergence of the overall packed bed model. The 
consistency of the numerical model was demonstrated 
further by performing an energy balance for a control 
volume containing the packing. The total enthalpy 
change for the fluid at the inlet and exit of the bed 
was compared to the energy change for the particles 
within the control volume. For all computational 

results, after the first few time steps the difference in 
these two values was already less than 1% (at very 
small times the two energy terms are extremely small. 
which causes an error in their difference of approxi- 

mately 5%). 

Drying results 
An overall heat transfer coefficient was calculated 

by solution of an integral form of the energy equation 
for the packed bed. This equation was applied to the 
entire bed in the falling rate period of drying. The 
temperatures at all locations within the bed during the 
falling rate period were above saturation temperature 
of the steam, allowing the determination of the heat 
transfer coefficient. From the measured temperature 
profile within the bed, and using the total surface area 
of the particles as the heat transfer area, an overall 
heat transfer coefficient could be calculated. 

The application of the First Law required measured 
values of the transient moisture content in the bed, 
drying rate, transient temperature profile in the bed, 
and the steam flow rate and inlet and exit conditions. 
Fourteen individual runs were performed; Table 2 
provides the experimental conditions for each run. A 
complete uncertainty analysis of the effects of steam 
flow rate measurement inaccuracies, the effect of the 

momentum of the steam on the load cell output. and 
the uncertainty in the load cell measurements was 
performed [42]. For the analysis of the experimental 
data it is assumed that there is no axial conduction, 
and that the lateral boundaries are insulated. For 
the purpose of determining the overall heat transfer 
coefficient, the energy equation was solved in finite- 
difference form, resulting in the heat transfer 



Table 2. Experimental conditions 

Inlet Bed Bed Particle Steam flow 
Run temperature pressure length diameter rate 
No. ( C) (kPa) (cm) (cm) (kg h-l) 

I 176.7 144.7 17.8 I.11 86.2 
2 176.7 144.7 17.8 1.11 II I.’ 
3 176.7 144.7 17.8 1.11 121.6 
4 176.7 144.7 17.8 1.11 139.3 
5 176.7 144.7 17.8 0.56 90.7 
6 176.7 144.7 17.8 0.72 93.0 
7 176.7 144.7 17.8 0.87 88.5 
8 154.4 144.7 17.8 0.87 95.3 
9 187.8 144.7 17.8 0.87 93.9 

10 204.4 144.7 17.8 0.87 68.9 
I1 176.7 144.7 17.x 0.72 132.5 
I’ 176.7 144.7 10.3 0.72 135.7 
13 176.7 179.2 17.8 0.55 138.4 
14 176.7 144.7 17.8 0.55 88.5 

coefficient. A detailed description of the calculation 
of the heat transfer coefficient is given in ref. [43]. The 
results of these calculations are presented in dimen- 
sionless form in Fig. 8. For both the Reynolds number 
and Nusselt number, the characteristic length was 
the particle diameter. Property values of the fluid are 
evaluated at the inlet temperature. The curve shown 
in Fig. 8 is a linear least squares fit to the experimental 
data, and may be expressed as 

Nu = 1 .8Re”.5X’. (13) 

Dimensional analysis indicates that the Prandtl 
number should be included in such a correlation; 
based on numerous previous studies of heat transfer 
in packed beds, the correlating equation derived from 
the present experimental data may be extended to 
other fluids by including a Prandtl number effect 

Nu = 1.8Re”5XS Pr’,‘. (14) 

Uncertainty bounds for the Nusselt and Reynolds 
numbers are shown for four points in Fig. 8. 

Model predictions were compared with measured 
evaporation rates and temperature profiles. Figures 9 
and 10 compare measured and predicted values of the 
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FIG. 8. Nusselt number variation with Reynolds number for 
drying in the present experiment. 

Reynolds 
number 

4x3 
623 
682 
7x1 
254 
335 
389 
436 
397 
363 
478 
489 
388 
248 

moisture content in the bed as a function of time for 
Reynolds numbers of 781 and 254, for two particle 
sizes. The predictions compare favorably with the 
measured values. The prediction for condensation is 

consistent with the measured trends, but precise evalu- 
ation of these predictions is hindered by the fact that 
the experimental uncertainty in the weight of the bed 
is larger at the beginning of the experiment. All 14 
experimental runs were compared with model pre- 
dictions. and agreement similar to that presented in 
Figs. 9 and 10 was found. Table 3 shows the initial 
condensation, drying rates in the constant rate period, 
and the total drying time for each run, along with the 
experimental conditions. 

The process of drying in a packed bed of significant 
depth has not been examined in detail previously for 

00 

0 10 20 30 40 50 ( 

DRYING TIME ( min) 

FIG. 9. Comparison of model predictions with measured 
values of instantaneous moisture content for steam flow of 

139.3 kg h-‘. 
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FIG. 10. Comparison of mode predictions with measured 
values of instantaneous moisture content for steam flow of 

90.7 kg h- ‘. 

the case of superheated steam drying. The process of 
drying in a packed bed is observed to occur in three 
phases, as shown in Figs. 11 and 12. Consider the case 
of a packed bed which has reached the saturation 
temperature of the steam throughout. After this start- 
up period, there is a period of time for which the 
drying rate is constant, labeled Phase I in Fig. 11. 
During this period, the steam temperature decreases 
from the inlet temperature to the saturation tem- 
perature over some length along the flow direction. 
This temperature change over a short distance along 
the flow direction is called a thermocline. During 
Phase I, the surface temperature of all the particles in 
the bed is the saturation temperature of the steam, 
resulting in the constant drying rate. 

Phase II of the drying rate curve exhibits a con- 
tinuously decreasing rate of overall drying. This 
results physically from particles in the upper regions 
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E 0.08. 
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& 0 0.04 - 
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0 5 IO 15 20 25 30 35 :0 ‘ 

DRYING TIME (min) 

FIG. Il. Experimentally determined drying rate curve for a 
Reynolds number of 78 1 and a particle diameter of I. I 1 cm. 

DRYING TIME (MIN) 

FIG. 12. Experimentally determined drying rate curve for a 
Reynolds number of 254 and a particle diameter of 0.556 cm. 

Table 3. Drying results 

Run Initial Condensation Maximum drying Drying 
No. moisture (kg) (% initial moisture) rate (kg min- ‘) time (min) 

1 1.34 36 0.077 51 
2 1.37 36 0.100 59 
3 1.36 36 0.109 45 
4 1.34 39 0.127 41 
5 1.72 28 0.082 65 
6 1.12 21 0.082 63 
7 1.75 12 0.082 58 
8 1.63 20 0.059 52 
9 1.74 14 0.100 53 

IO 1.75 12 0.113 52 
11 1.69 23 0.118 43 
12 0.91 27 0.122 30 
13 1.81 20 0.122 41 
14 1.81 20 0.082 62 
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of the bed entering the falling rate period of drying. 
The temperature of these particles rises above the 
saturation temperature of the steam, and thus a por- 
tion of the sensible energy of the steam no longer 
provides evaporation of liquid water, but rather goes 
to elevating the temperature of the particles in the 
upper regions of the bed. 

A reasonably sharp transition to Phase II1 of drying 

occurs when the entire bed enters the falling rate per- 
iod of drying. At this point, all of the particle surface 
temperatures are above saturation, the bed is largely 
dry, and the drying rate continually decreases to zero. 

Figure 13 is a plot of the transient temperature 
distribution in the bed during drying. for a Reynolds 

number of 781, and corresponds to the drying rate 

curve shown in Fig. 11. Several observations can be 
made from the behavior of the temperature curves. 
The beginning of Phase II of the drying process is 
seen to occur after approximately 12 min. Also at 
approximately 12 min the temperature of the first 

thermocouple rises above the saturation temperature. 
This thermocouple is located at a depth of 2.5 cm 
(I in.) into the packing. Clearly, the physical occurrence 
of the rise in particle temperature in the upper region 
of the bed signals the start of Phase II. where a portion 
of the bed experiences constant rate drying, and a 
portion is in the falling rate period. As previously 
described, Phase III of the drying process begins when 

all of the bed enters the falling rate period. Almost 
exact correspondence exists between the rise in the 
last thermocouple temperature and the beginning of 
Phase III drying as determined from the drying rate 

curve. This last thermocouple is located 2.5 cm (1 in.) 
from the exit of the bed. Comparisons between the 
model and measured values of the temperature dis- 
tribution in the bed provide reasonable qualitative 

agreement. The times at which the temperature at 

--.--MODEL 
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FIG. 13. Comparison of measured and predicted instan- 
taneous bed temperatures for a steam flow rate of 

I. 0. E. Potter, Approaches to more economical drying of 

139.3 kg h- ‘. 
particles and lumps. In Drying 1980 (Edited by A. S. 
Mujumdar), p. 396. Hemisphere, New York (1980). 

various axial locations rises above the saturation tem- 
perature is correctly predicted throughout the bed. 
Predicted temperature distributions are in excellent 
agreement with the experimental findings until the 
falling rate period is reached locally. However, the 
present model fails to accurately predict the tem- 
peratures during the falling rate period. This failure to 
accurately predict the temperature distribution during 

Phase III corresponds to the removal of the final 10% 
of moisture from the particles. The observed differ- 

ences in temperature distribution may result from the 
heat of adsorption effects during Phase III; in 
addition some aspects of the axial thermal dispersion 

may not be accurately described. Figure 9 dem- 
onstrates that the drying rate predictions are not 
adversely affected by the lack of agreement in the 
temperature distribution during Phase III. Further 
refinement of the model. perhaps through improve- 
ments to the heat transfer coefficient model and model- 
ing of adsorption would not result in significantly 
improved predictions of the overall drying rate. 

CONCLUSIONS 

An experimental and computational study of dry- 
ing in a packed bed of porous particles using steam 
as the drying medium has been conducted. The exper- 
imental results indicate that drying in a packed bed of 
significant depth occurs in three phases, which are 
a result of the nature of the drying process for the 
individual particles. The three phases of drying cor- 
respond to situations where the entire bed is in the 
constant rate drying period, a portion of the bed is in 
the falling rate period, and when the entire bed is in 
the falling rate period. 

A thermally controlled model of drying in super- 
heated steam has been proposed for a single spherical 
porous particle, and incorporated into an overall 
model of drying in a packed bed. Model results agree 
favorably with measured drying curves over a range 
of Reynolds numbers and particle sizes. The model 
provides the capability to predict condensation during 
the initial heating of the packed bed, before drying 
begins. The model provides reliable predictions of 
superheated steam drying in a packed bed. 

Values of the heat transfer coefficient were cal- 
culated through application of an integral form of the 
First Law of Thermodynamics during the falling rate 
period of drying (Phase III). A correlating equation 
was derived for heat transfer for superheated steam 
drying in a packed bed. 
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EVAPORATION A PARTIR DUN LIT FIXE DE PARTICULES POREUSES DANS LA 
VAPEUR SURCHAUFFEE 

RbumGOn conduit une etude experimentale et numerique de l’evaporation dans la vapeur, a partir de 
particules poreuses disposees en lit fixe. Le but de cette etude est de developper un modele predictif du 
mecanisme de sechage dam des lits fixes avec la vapeur comme ass&chant. La mesure directe du poids des 
particules d’alumine de diametres differents dans un lit fixe conduit a une courbe continue de sechage. On 
considtre plusieurs conditions operatoires et on developpe une equation pour le coefficient global de 
transfert thermique. L’evaporation a partir d’une particule spherique unique est modtlisde en supposant 
qu’elle est pilotee thermiquement. Ce modele est incorpore dans un autre concernant un lit fixe, pour 
predire les flux de sechage globaux et locaux, aussi bien que les distributions de temperature dans le lit. 
Les rtsultats de cette etude indiquent que le sechage du lit de hauteur significative se fait en trois phases 
qui correspondent a des periodes oti le lit entier est a vitesse de sechage constante, puis od il y a partiellement 
le regime de reduction et enfin quand tout le lit entier est dans le regime de reduction. L’existence de ces 
phases est confirmee par les distributions mesurtes de temperature et les taux de sechage mesurts. Les 
predictions de s&chage global don&es par le modele montrent un accord satisfaisant avec les courbes 

exptrimentales de sechage. 

TROCKNUNG EINER SCHUTTUNG AUS PORijSEN PARTIKELN DURCH 
UBERHITZTEN DAMPF 

Zusammenfassung-Die Verdampfung aus einer Schiittung. gebildet aus poriisen Partikeln. im iiberhitzten 
Dampf wird experimentell und numersich untersucht. Das Ziel der Untersuchung ist die Entwicklung eines 
Modells zur Berechnung des Trocknungsvorgangs mit Dampf als Trocknungsmedium. Im Versuch wird 
der Gewichtsverlust von Partikeln aus Aluminiumoxid unterschiedlichen Durchmessers direkt gemessen, 
woraus sich eine vollstandige kontinuierliche Trocknungskurve ergibt. Die Versuchsbedingungen werden 
iiber einen weiten Bereich variiert, es ergibt sich eine Korrelationsgleichung fur den gemittelten Warme- 
iibergangskoeffizienten. Die Verdampfung in einer einzelnen poriisen Kugel wird durch das Model1 
einer sich zuriickziehenden Fliissigkeits-/Dampf-Grenzflache im Inneren des Partikels nachgebildet. Dabei 
wird angenommen, da13 der Trocknungsvorgang durch die Temperatur gesteuert wird. Das Model1 fur eine 
einzelne Kugel wird in das Gesamtmodell einer Schiittung eingeftigt. ijrtliche und gemittelte Trock- 
nungsgeschwindigkeiten werden berechnet. ebenso der zeitliche Temperaturverlauf in der Schiittung. Die 
Ergebnisse der Untersuchung zeigen. da8 die Trocknung in einer Schiittung mit signifikanter Schichtdicke 
in drei Phasen ablauft. Die drei Trocknungsphasen entsprechen dabei drei Zeitabschnitten. in denen die 
Schiittung entweder eine konstante Trocknungsgeschwindigkeit oder abnehmende Trocknungsgeschwindig- 
keiten aufweist-zunlchst lokal. spater an allen Stellen. Das Auftreten dieser drei Trocknungsphasen wird 
sowohl durch die gemessenen Temperaturverteilungen als such die gemessenen Trocknungsverlaufe 
bestltigt. Die berechneten mittleren Trocknungsgeschwindigkeiten zeigen eine giinstige Ubereinstim- 

mung mit gemessenen Trocknungskurven. 

HCHAPEHHE HJIOTHOI-0 CJIOIi 9ACTRH I-IOPMCTOFO MATEPkiAJIA B I-IEPEI-PETbItl 
HAP 

Aunoraruui--3ro3rep~~eHTanbHo ri ~ricnemio riccnenyercn npouecc HcnapeHHK qacrsu, nop~c~oro MaTe- 

pwana, o6pa3ywmHx cnoii, B neperperblii nap. UeenbH, pa6oTbl IIBJISI~TC~I pa3pa6oTKa pacqeTHofi 

MOneJIB C)‘lUKEi B IUIOTHbIXCJiOIlXCnapOM B KaWCTBeoCyIlIal0lueiiCpe@I. B pe3yJIbTaTenpOBeAeHHbIXC 
nOMOlllbK)AHHaMOMeTpUYeCKOrOnaT~HKanpIlMhIX3KCnepHMeHT~bHblXH3M~HHii B np0lJeCCe C,‘“IK&, 

Beta gacrwu KopyHna pa3nwYHblx~aMeTpoB B ~OTH~M cnoe nonpeaa Homian HenpepbIBHan KpHsan 

C~KH. Onemisaerca nHana30H ycno~~ii sKcnepaMeHTa,u BbIB0m~~ff o606ureHHoe CooTHoueHHe ~2 

KO3@&iWieHTaCyMMapHOrO TeWlOnepeHOCa. kiCnape.HHeeAHHHYHOii C&Xi’XXKOi YXTSiUbI nOpHCTOr0 

MaTepaana MonenHpyeTcn KaK npouecc, npoHcxonnwik Ha 3arny6nnlouleiicn rpaHHue pa3nena 

mwKocTb/nap BH~TPH TacTpH qacrsiw. IlpennonaraeTcn, ST0 npouecc C~KH n emmiwioii 9acTuue 

IIBJlleTCR TepMOCTaTHYeCKHM. npH pa3pa60TKe o6rseii MOJleJIH C)‘UIKH B IIJIOTHOM CJIOe HCnOnb3yeTCK 
MOnW‘b erulHH'#HOii Ya‘ZW4bI. nOJI,‘WZHHaX MOLIenb D03BOnleT paCC¶HTaTb 06ym B nOKa,,bHyH, CKO- 

pocrw cymrw, a TaKxe necraIuloHapHoe pacnpeneneHHe TeMnepaTypH B ynaKoBKe.PesynbTaT~ rrccne- 
JlOBaHHR nOKa3bIBaK)T, 'iTO IIpOWCC CyUrKU B IIJIOTHOM CnOe 3Ha'lHTeJlbHOk rny6aat.r npOXOrulT TpH 

+a3bL 3TEi +3bl COOTBeTCTByWT nepHO,laM, KOrAa Cyl"Ka npOHCXOnHT C nOCTOKHH0i-i CKOpOCTbK) BO 

~02~ cnoe,KorAa Ha Henropbm ysacrKax cnor4 cyIlrKa xapaKTepH3yeTcr nanalolseii cKopocrbw N Korna 

okianpo~cxon~Tcna~aso~ei?cKopocrb~~once~ cnoe.Cymecrnonatrrie 3~~x~pex1$asnpo~e~~anoflT- 

BepmsaeTcn ki3MepeHHbIhfn pacnpeneneminhfm TeMnepaTypbl n cKopocrnMn cywKn. PacqeTbI cyMMap- 

HOii CKOpOCTn CyUlKA n0 npeJUIOXCeHHOfi MOLleJlW yLlOBJIeTBOpHTeJlbH0 COrJIaCyIoTCP C 83MepeHHbIMB 

KpNBblMHCyWKH. 


